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Abstract:

By integrating continuous cell cultures with continuous purification methods, process yields and product

quality attributes were improved over the last 10 years for recombinant protein production. However, for

the production of viral vectors such as Modified Vaccinia virus Ankara (MVA), no such studies have been

reported although there is an increasing need to meet the requirements for a rising number of clinical

trials against infectious or neoplastic diseases. Here, we present for the first time a scalable suspension

cell  (AGE1.CR.pIX  cells)  culture-based  perfusion  process  in  bioreactors  integrating  continuous  virus

harvesting through an acoustic settler with semi-continuous chromatographic purification. This allowed to

obtain purified MVA particles with a space-time yield >600% higher for the integrated perfusion process

(1.05 x 1011 TCID50/Lbioreactor/day) compared to the integrated batch process. Without further optimization,

purification by membrane-based steric exclusion chromatography resulted in an overall product recovery

of 50.5%. To decrease the level of host cell DNA prior to chromatography, a novel inline continuous DNA

digestion  step  was  integrated  into  the  process  train.  A  detailed  cost  analysis  comparing  integrated

production in batch versus production in perfusion mode showed that the cost per dose for MVA was

reduced by nearly one third using this intensified small-scale process.
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1 Introduction

To date, the implementation of an integrated perfusion process is one option to decrease manufacturing

costs and to potentially increase the quality of a product (Bielser, Wolf, Souquet, Broly, & Morbidelli, 2018;

Walther et al., 2015; Walther et al., 2019; Xu & Chen, 2016). A considerable amount of research has

been  conducted  on  integrated  continuous  production  of  recombinant  proteins  such  as  monoclonal

antibodies (Godawat,  Konstantinov,  Rohani,  & Warikoo,  2015;  Karst,  Steinebach, & Morbidelli,  2018;

Karst,  Steinebach, Soos,  & Morbidelli,  2017; Konstantinov & Cooney,  2015; Pinto,  Napoli,  & Brower,

2019; Warikoo et al., 2012). However, to our knowledge, options for an integrated viral vector production

in perfusion mode have not been reported in the literature, although it seems evident that this could offer

improvements in biopharmaceutical product quality (Allison et al., 2015).

Similar to recombinant protein manufacturing, process intensification for viral vectors could be a solution

to lower production costs and space requirements for culture vessels. Process intensification may also

help to satisfy the increasing demand for viral vectors at high concentrations for R&D, clinical trials, and

commercialization (Kaemmerer, 2018; van der Loo & Wright, 2015). Intensification can be achieved with

bioreactors coupled to devices for harvesting of infectious units with subsequent continuous purification. A

techno-economic analysis could provide insights about costs differences between a batch and a perfusion

process for viral vector production (Cameau, Pedregal, & Glover, 2019; Gränicher, Tapia, et al., 2020;

Pearson, 2020), similarly to recombinant protein production (Klutz, Holtmann, Lobedann, & Schembecker,

2016; Lim, Washbrook, Titchener-Hooker, & Farid, 2006; Pleitt, Somasundaram, Johnson, Shave, & Lua,

2019; Pollock, Ho, & Farid, 2013). This could allow identifying key factors and bottlenecks allowing cost-

savings.  To  our  knowledge,  only  a  few  studies  in  bioprocess  economics  related  to  viral  vector

manufacturing for gene therapy were performed, so far (Cameau et al., 2019; Comisel et al., 2020). Up to

now, no studies evaluated the costs of virus production using a perfusion system linked to a suspension

cell culture.

The establishment of integrated perfusion processes requires the use of cell retention systems that allow

high process robustness, scalability, and continuous virus harvesting. In addition to cell retention as a
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preemptive processing step, continuous virus harvesting could also result in higher production yields and

better product quality (Gränicher, Coronel, et al., 2020; Manceur et al., 2017; Petiot et al., 2011).

To date, membrane-based alternating tangential flow (ATF) perfusion is the most preferred technology for

biopharmaceuticals production (Bielser et al., 2018). Surprisingly, however, product retention has been

observed even with membranes that have pore sizes five times larger than the virus diameter (Genzel et

al., 2014; Gränicher, Tapia, et al., 2020; Nikolay, Leon, Schwamborn, Genzel, & Reichl, 2018). Similar

effects have been observed in perfusion processes for recombinant proteins but could be avoided by

using membranes with pore sizes larger than 2 µm (Pinto et al., 2019; S. B. Wang, Godfrey, Radoniqi,

Lin, & Coffman, 2019).

The acoustic settler technology is an alternative to ATF for continuous virus harvesting and can be scaled

to a perfusion flow rate of 1000 L/day (Gränicher, Coronel, et al., 2020; Gränicher, Tapia, et al., 2020;

Manceur et al., 2017). Such a device circumvents the pore size complications of the ATF, but changes in

temperature  in  the  acoustic  flow  chamber  need  to  be  controlled  during  operation  to  maintain  virus

stability.

The use of an online probe measuring the electric capacitance allows to monitor cell concentration, cell

size,  metabolic  state,  apoptosis  and viral  infection  (Justice  et  al.,  2011;  Nikolay  et  al.,  2018;  Petiot,

Ansorge, Rosa-Calatrava, & Kamen, 2017; Vazquez-Ramirez, Jordan, Sandig, Genzel, & Reichl, 2019).

In  addition,  it  was  shown  that  capacitance  sensors  can  be  used  to  determine  other  key  process

parameters, i.e. the optimal time of virus harvesting (Grein et al., 2018; Negrete, Esteban, & Kotin, 2007).

Here, we present for the first time a fully integrated cell culture-based perfusion system allowing an end-

to-end viral vector production at high cell densities. The avian suspension cell line AGE1.CR.pIX was

used to produce MVA, which is a promising vector for vaccination against various infectious diseases and

certain  forms  of  cancers  (https://ClinicalTrials.gov).  An  acoustic  filter  was  utilized  for  continuous

harvesting  of  MVA.  In  addition,  a  capacitance  sensor  was  used  to  monitor  cell  growth,  control  the

perfusion rate, and decide on the time of virus harvesting. For viral vector purification, a semi-continuous

method  using  membrane-based  steric  exclusion  chromatography  (SXC)  was  directly  linked  to  the
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continuous virus harvest stream. Achieving a maximum viable cell concentration (VCC) of up to 37 x 106

cells/mL during virus production (dilution step at 12 hpi),  the space-time yield (STY) of purified MVA

particles for the process established was 1.05 x 1011TCID50/Lbioreactor/day. The production setup allowed an

overall recovery of virus particles of 50.5%, with a concentration of host cell DNA per dose below the

limits  typically  set  for  human  vaccines  by  regulatory  authorities.  Furthermore,  we  could  reduce

significantly the host cell  DNA level by integrating a DNA digestion step in continuous mode prior to

chromatography. The collected data allowed then for an academic techno-economic analysis between

batch and perfusion.

2 Materials and methods

2.1 Cells, virus, and media

An  immortalized  Muscovy  duck  retina  suspension  AGE1.CR.pIX  cell  line  was  used  as  a  host  for

production of MVA-CR19.GFP (infectious titer: 4.1 x 108 TCID50/mL), which contains a green-fluorescent-

protein insertion cassette (Jordan et al.,  2020).  Chemically-defined CD-U5 medium (Biochrom-Merck,

Darmstadt,  Germany) supplemented with  2 mM L-glutamine (Sigma-Aldrich,  St.  Louis,  USA) and 10

ng/mL recombinant insulin-like growth factor (LONG-R3 IGF, 91590C; Sigma-Aldrich, St. Louis, USA) was

used for cell growth. Shake flasks were used for cells maintenance and for inoculation of the bioreactors

as described earlier (Gränicher, Tapia, et al., 2020; Jordan et al., 2011).

2.2 Bioreactor cultivation

In order to compare MVA production in batch or in perfusion mode, the cells were cultivated in bioreactors

in batch or in perfusion mode.

2.2.1 Batch cultivations

DASGIP bioreactors (1 L maximum working volume; Eppendorf AG, Hamburg, Germany) were inoculated

at a VCC of 1.0 x 106 cells/mL (initially, 

working volume (Vw) = 500 mL). A stirring speed of 145 rpm using a pitched-blade impeller was chosen.

The pH was maintained at 7.2 through CO2 sparging and NaOH (0.55 M) base addition. The dissolved
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oxygen level (DO) was maintained at 40% air saturation using a drilled-hole L-sparger. Temperature was

maintained at 37°C. Once the VCC reached 4 x 106 cells/mL, the Vw was doubled from 500 mL to 1000

mL by  addition  of  fresh  medium and cells  were  infected  at  a  multiplicity  of  infection  (MOI)  of  0.05

infectious units/cells (TCID50 assay). Seed virus (MVA-CR19.GFP; section 2.1) was treated for 1 min in a

sonication water bath at 45 kHz prior to usage. Virus production in batch mode was done according to the

optimized method described by Lohr et al. (Lohr, 2014). The integrated virus production in batch mode

was performed in triplicate with three parallelized bioreactors using the same cell culture seed train.

2.2.2 Perfusion cultivation

A Biostat bioreactor (1 L maximum Vw; Sartorius AG, Göttingen, Germany) was used to cultivate the cells.

DO was set to 40% using a drilled-hole L-sparger, using pure oxygen. The pH was kept to 7.2 using CO 2

and temperature was controlled at 37°C. The system was agitated using a pitched-blade impeller at 180

rpm. The perfusion bioreactor was inoculated at a VCC of 1 x 106 cells/mL (Vw = 550 mL) and perfusion

was started at a VCC of 6 x 106 cells/mL. The same medium used in batch mode was used for the

perfusion process (section 2.2.1).

An acoustic settler device with a power of 2 W and a frequency of 2.1 MHz was used for cell retention.

The parameters of the acoustic settler were set as reported in a previous publication (Gränicher, Tapia, et

al., 2020). A constant recirculation flow rate of five reactor volumes per day (day -1) was applied for the

acoustic  settler  system.  Before infection,  a  cell-specific  perfusion rate  (CSPR) of  50 pL/cell/day was

chosen. An online capacitance probe operating in a frequency range of 1 to 10 MHz connected to a

controller (ArcView Controller 265, Hamilton, Bonaduz, Switzerland) was used to adjust a Watson-Marlow

harvest pump as described previously (Nikolay et al., 2020). The signal from the capacitance probe was

recorded every 12 min. The perfusion rate was adjusted according to the VCC in the bioreactor based on

the  permittivity  signal,  leading  to  a  constant  CSPR.  Therefore,  during  the  cell  growth  phase,  the

correlation between the VCC and the permittivity signal was determined by linear regression (the resulting

slope corresponds to the “cell factor”).

The bioreactor cell culture medium was replaced using a perfusion rate of 8–12 day-1 for 2 to 3 h before

infection. The cells were then infected at a VCC of 50 x 106 cells/mL with MVA-CR19.GFP at a MOI of
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0.05 infectious units/cell (TCID50 assay), as described in section 2.2.1. The Vw was increased from 550

mL to 1000 mL at 12 hours post infection (hpi) (similar to the process described by Vasquez-Ramirez et

al. (2019)). From 0 to  12 hpi, the perfusion was stopped. Afterwards, a constant perfusion rate of 1.75

day-1 was maintained. The Vw was decreased from 1000 mL to 800 mL at 36 hpi to reduce medium

consumption. Accordingly, the harvest pump flow rate had to be decreased from 66.7 mL/h to 54 mL/h to

maintain  the  perfusion  rate.  Virus  release  in  the  cell  culture  supernatant  was  monitored  using  the

maximum  permittivity  signal  Δεmax,  in  pF/cm.  The  cell  membrane  capacitance  (Cm;  in  µF/cm2)  and

intracellular conductivity (σi; in mS/cm) were calculated as previously described (Petiot et al., 2017). With

the onset of virus release (about 40 hpi), the harvesting line was directed to a harvest bottle (bottle B1 in

Figure 1) kept at 4°C, and later purified. Harvesting of MVA particles released was initiated 10.6 h after

the maximum permittivity signal was reached. This corresponded to the time when about 8 to 10% of the

total number of infectious virions (Virtot, bioreactor and harvest vessel, section 2.4) was released from the

infected cells (see section 3.3). This definition was chosen to ensure high titers in the harvesting line

(> 108 TCID50/mL) and to avoid any product concentration step before chromatography. Samples during

cell culture were taken every 8 to 14 h.

2.3 Process integration of MVA production

To  match  the  scenarios  for  integrated  virus  production,  both  batch  and  perfusion  cultivations  were

performed in bioreactors (section 2.2). MVA bioreactor harvests were purified as described below. In the

special case of the perfusion strategy, MVA particles were continuously harvested and semi-continuously

purified as illustrated in Figure 1. A picture of the experimental setup is shown in the Appendices (Figure

A.1).

Due to the lytic nature of MVA replication, the upstream process was not fully continuous but split into two

phases: a cell growth phase, in which cells were cultivated from 1 x 106 cells/mL to 50 x 106 cells/mL, and

a virus production phase, initiated when cells were infected with MVA and continued with a dilution step at

12 hpi (inducing host cell death visible from 75 hpi onwards) (Tapia, Vazquez-Ramirez, Genzel, & Reichl,

2016). The continuously harvested virus raw material was semi-continuously purified. Therefore, virus
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particles that passed the cell retention device were continuously filtered and treated with endonuclease

before purification by SXC in bind-elute mode using an ÄKTA Pure system (Figure 1).

2.3.1 Harvest and clarification

Batch

Once the viability of the infected culture dropped to 70%, harvesting was initiated and 95.3% of the Vw

was first  clarified using the acoustic  settler  (10 L acoustic chamber version;  SonoSep Technologies,

Hinterbrühl, Austria) with an acoustic power of 3 W and a frequency of 2.1 MHz, at a flow rate of 252 mL/

h. Sodium azide 0.05% v/v was added  to the harvest  to reduce contamination risk. Then 700 mM salt

(NaCl, NaBr and KCl) was added and the supernatant was depth filtered using a polypropylene filter (PP3

Sartopure, 0.45 µm pore size, 120 cm2 (5051306P4--OO--B) or 4.5 cm2 (5055306PV--LX--C) filtration

surface; Sartorius AG, Göttingen, Germany), at a constant flow rate of 0.45 mL/min/cm 2 and a filtration

capacity  of  at  least  126  L/m2.  The  clarified  cell  culture  supernatant  was  subsequently  treated  with

endonuclease and further clarified as described in section 2.3.2.

Perfusion

As described in section 2.2.2, the bioreactor was continuously harvested at 40 hpi onwards. The cell

culture  harvest  from  the  acoustic  settler  was  not  suitable  for  direct  purification  using  SXC  as  the

contamination  level  of  cells  and  cell  debris  passing  through the  cell  retention  device  was  too  high.

Therefore, the cell culture harvest was first collected in bottle B1 and salts were continuously added to

reach 700 mM of NaCl, NaBr and KCl mixture, (as illustrated in Figure 1) to avoid virus interaction with

the depth filter,  to stabilize virus particles and to facilitate endonuclease treatment (Table 1). Sodium

azide  was  also  continuously  added  to  bottle  B1  (Table  1).  The  harvest  was  then  clarified  using  a

polypropylene depth filter with a pore size of 0.45 μm (filtration capacity of 240 L/m2; Sartopure PP3, 120

cm2 filtration area), transferred to bottle B2 (Figure 1) for DNA digestion and microfiltration as described in

section 2.3.2.

2.3.2 DNA digestion and microfiltration

Batch
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DNA in the supernatant was digested using endonuclease at a final activity of 35 U/mL (DENARASE®,

enzyme activity > 250 U/µL determined by the manufacturer, 20804-100k; c-Lecta, Leipzig, Germany),

mixed with 3 mM MgCl2. The cell culture supernatant was incubated in a glass bottle for 4 h at 37°C and

stirred at 100 rpm using a magnetic agitator. The endonuclease step was optimized by decreasing the

amount of endonuclease needed to achieve DNA depletion up to 1000-fold within 4 h. In a scouting

experiment, the stability of infectious virions at 37°C was demonstrated for a period of at least 12 h

(Gränicher, Tapia, et al., 2020). Finally, the treated cell culture supernatant was filtered using 0.45  µm

cellulose acetate filters (Minisart NML Syringe Filter, 6.2 cm2 total filtration area, 16555-K; Sartorius AG,

Göttingen, Germany) at a flow rate of 8 mL/min/cm2 and a filtration capacity of 175 L/m2. The treated cell

culture supernatant was either stored at -80°C or directly purified through SXC, as described in section

2.3.3.

Perfusion

The  clarified  cell  culture  broth  was  continuously  treated  in  bottle  B2  with  37  U/mL  endonuclease

(DENARASE®) and with 4 mM MgCl2 (Table 1). After bottle B2, the material was continuously transferred

to a coiled silicone tube (3.2 mm inner diameter, 32.5 m length, GESSULTRA-C-125-2H; VWR, Radnor,

USA) with a retention time of 4 h at 37°C in an incubator. The product was collected continuously into

bottle B3. The harvest from bottle B3 was filtered using 0.45 μm cellulose acetate filters (filtration capacity

of 290 L/m2; Minisart NML Syringe Filter, 6 x 6.2 cm2 total filtration area). The filtered product was then

collected in bottle B4, and stored at 4°C before the chromatography step (described in section 2.3.3). As

the process was operated continuously, the Vw of bottles B1, B2, B3 and B4 were kept constant at 180,

120, 60 and 120 mL, respectively.

2.3.3 Purification through steric exclusion chromatography

Membrane-based SXC was performed using an ÄKTA Pure 25 system (Cytiva, Uppsala, Sweden) as

described previously (Marichal-Gallardo, Pieler, Wolff, & Reichl, 2017), using PBS with NaCl, NaBr and

KCl (700 mM final salt concentration) as elution buffer and polyethylene glycol (PEG, 81260-1KG; MW

6000, dissolved in PBS + 700 mM NaCl, NaBr and KCl; Sigma-Aldrich, St-Louis, USA) as equilibration

buffer. A total surface of 70 cm2 of regenerated cellulose (14 x 25 mm stacked membranes, 1 µm pore
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size,  10410014;  GE,  now  Cytiva,  Uppsala,  Sweden)  was  used.  Optimized  purification  settings

(Appendices) were determined as following: PEG concentration = 7.2% w/v, flow rate = 8.2 mL/min.

UV was monitored at a wavelength of 280 nm and 360 nm. The column was operated at 27  to  75%

breakthrough of the dynamic binding capacity of the column. This allowed purifying 45 mL sample per

cycle,  lasting  40  min  in  total,  including  column  regeneration  time.  The  column  (XX3002500;  EMD

Millipore, Burlington, USA) was regenerated each time by flushing 25 mL of 2 M NaCl in 1 M NaOH. The

membranes of the column were replaced every 4 cycles. Consecutive series of bind-elute steps allowed

the purification of  67.5  mL/h of  cell  culture  supernatant.  The SXC protocol  used for  purification was

identical for both batch and perfusion cultures.

2.4 Analytics and yield calculations

The VCC and percentage cell viability were determined using a Vi-CELL XR (Beckman-Coulter, Brea, CA,

USA). Glucose, glutamine, lactate and ammonium concentrations were measured using a Bioprofile 100

plus (Nova biomedical, Waltham, MA, USA).

For titration of the MVA-CR19.GFP strain in the supernatant, a median tissue culture infectious doses

(TCID50)  assay with  serial  2-fold  dilutions instead of  10-fold  dilutions (as described by Nikolay et  al.

(2020)) were performed, resulting in a standard deviation of ± 0.077 log10(TCID50/mL) (standard deviation

of a sample measured by 3 operators, performed for each in triplicate). Samples purified by SXC were

sonicated with a VialTweeter (UP200St, Power = 160 W, Amplitude = 100%, Pulse = 30%; Hielscher

Ultrasound Technology, Teltow, Germany) to dissolve virus aggregates before measurements. The total

number of infectious virions measured in the harvest vessel and in the bioreactor (Vir tot, based on TCID50),

the concentration of infectious virions produced (Cvir, tot, TCID50/mL), the volumetric virus productivity (Pv,

TCID50/L/day), and the cell-specific infectious virus yield (CSVY, TCID50/cell) were calculated as described

previously by Gränicher, Tapia, et al. (2020). The space-time yield of purified MVA was calculated based

on the bioreactor Vw (STY, TCID50/Lbioreactor/day). On a linear scale, the TCID50 assay contributes an error of

+19.4/-16.3% to Cvir, tot, Virtot, CSVY, Pv, and STY. For perfusion, the recovery (in %) of each filtration or

DNA digestion step was calculated as the ratio of the average titer after and before the step as shown in

Table 2.
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For  batch  cultures,  the  recovery  was  calculated  stepwise  as  the  ratio  between the  total  number  of

infectious virions after and before the filtration or DNA digestion step. The average was calculated as the

average recovery of three integrated batch bioreactor runs.

Recovery of SXC (in %) was calculated for each purification cycle as described earlier (Marichal-Gallardo

et al.,  2017).The average SXC recovery of  perfusion was the mean of  all  cycles performed for  one

integrated process. To reduce the consumption of spin tubes, buffers and regenerated cellulose, the SXC

was operated 23% of the period during the virus production phase, always with 3 to 4 consecutive cycles

(intervals < 9 h). The average SXC recovery for the batch process was calculated based on the 4 x 3

purification cycles (the SXC column is replaced after four purification cycles) performed for each triplicate.

The concentration of host cell DNA was measured through a qPCR assay (Rotor-Gene Q real-time PCR

cycler;  Qiagen,  Hilden,  Germany),  correlated  with  a  standard  host  cell  DNA  concentration  of  lysed

AGE1.CR.pIX cells measured through a Picogreen assay as described earlier (Marichal-Gallardo et al.,

2017). The total protein concentration was measured with a Bradford assay (Marichal-Gallardo et al.,

2017). The host cell DNA and total protein per dose was calculated as previously described (Gränicher,

Coronel, et al., 2020). One dose was considered here as equal to 108 plaque forming units (PFU) (Wyatt,

Earl, Eller, & Moss, 2004), which is equivalent to 1.43 x 108 TCID50 (ATCC, 2012).

2.5 Economic analysis

To estimate the impact on cost per dose for an end-to-end MVA production of a batch and a perfusion

system, the process simulation software SuperPro Designer v10 (Intelligen Inc., Scotch Plains, USA) was

used. All data of upstream processing (USP) and downstream processing (DSP) relate to cost of goods

collected at the Department of Bioprocess Engineering (Max Planck Institute, Magdeburg, Germany) for 1

L bioreactor scale in an academic environment. Key assumptions used to compare batch and perfusion

processes: i) Production runs over 47 weeks per year and the seed train process 65% of the time (31

weeks per year). ii) Fill & finish costs and duration are considered the same for batch and perfusion. iii)

MVA preparations of both processes are assumed to have the same product quality. iv) All bioreactors

are  assumed  to  operate  at  maximum volume  capacity.  v)  Indirect  costs  relevant  for  cost  of  goods

evaluation such as waste disposal (similarly to other cost analysis publication for viral vector production
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(Comisel, Kara, Fiesser, & Farid, 2020)) and depreciation maintenance and plant depreciation were not

considered for both systems. vi) Costs related to QA/QC, operation of the facility, and labor were taken

from default values given by the software.

3 Results

3.1 Intensified cell culture for MVA production.

First,  to  establish  a  robust  process  that  allows  for  continuous harvesting  and  high  MVA yields,  two

perfusion experiments using the acoustic settler (runs 1–2) were performed. As a control, a batch process

was operated in triplicate (runs A-C). Achieving maximal VCCs of 36.9–38.0 x 106 cells/mL during virus

production (Figure 2A) (dilution at 12 hpi), an average recovery of 107 ± 18% was observed for the virus

material collected after the settler (volume = 2.8–2.9 L; Figure 2B). The Virtot produced in the harvest and

in the bioreactor vessel was 20.4 x 1011 and 9.1 x 1011 TCID50 for run 1 and 2, respectively (Figure 2B).

For the batch runs, an average Virtot of 2.4 ± 0.6 x 1011 TCID50 was measured. For the perfusion runs, the

CSVY was 24.0 and 55.4  TCID50/cell,  and the Pv 1.43 and 2.53 x 1010 TCID50/L/day for run  1 and  2,

respectively.  As  a  comparison,  an  average  CSVY  of  46.9 ± 13.2  TCID50/cell  and  an  average  Pv of

3.82 ± 0.93 x 1010 TCID50/L/day were obtained for the triplicate batch runs A-C (Figure 2C-D).

3.2 Process integration for viral vectors production.

Compared to the batch processes A-C, similar recovery yields and impurity levels were obtained during

purification (Figure 3; DSP as in section 2.3). Total recovery for batch (runs A to C) and perfusion (run 1)

was equal to 54.7% and 50.5%, respectively (Figure 3A). Recovery for depth filtration was 59.8–81.6%.

The DNA digestion step allowed for the perfusion and batch process an about 3 log10 depletion of host

cell  DNA per dose, reaching <10 ng host  cell  DNA/dose (assuming a MVA dose input  of  1.43 x 108

TCID50; section 2.4). Compared to the raw material in the bioreactor, the total protein amount per dose

decreased by a factor of 18.3 for the perfusion and 2.2 for the batch system after purification by SXC

(final value: 11–37 µg total protein/dose; Figure 3C). When performing a two-sample t-test, the decrease

of  host  cell  DNA per  dose  and the decrease of  total  protein  per  dose  was found to  be statistically

significant (p value <0.05) for the perfusion and batch systems, respectively. The large error observed for
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host cell DNA per dose (perfusion mode) after the depth filtration step (Figure 3B) was probably due to

partial host cell DNA digestion as endonuclease was added in bottle B2 (Figure 1) and sampling times

were  different.  A  STY of  10.5 x 1010 TCID50/Lbioreactor/day for  the  perfusion  and  1.7 ± 0.3 x 1010TCID50/

Lbioreactor/day for the batch processes were obtained. This comparison is relevant in order to assess the

impact of the bioreactor footprint on the productivity and the potential of perfusion considering all  the

aspects from USP to DSP.

3.3 Control  of  perfusion  rate  and  evaluation  of  MVA  harvesting  time  based  on  online

capacitance probe measurements

The perfusion rate during the cell  growth phase could be successfully controlled using a capacitance

probe for run 1. No offset between the offline VCC and online VCC was observed (Figure 4). A CSPR of

48.0 pL/cell/day was kept constant during at least three days before virus infection. The first CSPR value

obtained 96 h before infection was estimated too high due to a pump calibration error. No limitation in

glucose concentration was observed during the whole run (data not shown).

During the virus production phase, the trends of the offline VCC followed the same dynamics as for the

Δεmax signal (Figure 5A and Figure 5C), except that the values were given every 8 to 14 h for the offline

VCC and every 0.2 h for the online permittivity signal. A correlation between the VCC or the Δεmax signal

was observed with the onset of MVA release (defined in section 2.2.2).  For all runs including the batch

run, the expected time of MVA release in the supernatant (based on the permittivity signal decrease time

point plus 10.6 h; corresponding to the time when about 8 to 10% of Virtot was released from the infected

cells) seemed to correlate with the increase of the virus titer in the bioreactor supernatant, reaching a titer

in  the  range  of  0.5–1.0 x 108 TCID50/mL  at  that  time  point  (Figure  5).  By  harvesting  the  perfusion

bioreactor 10.6 h after the maximum Δεmax signal or maximum offline VCC was achieved (illustrated by the

vertical line in  Figure 5), 81–95% of the produced infectious virions could be harvested (Appendices,

Table A.2). Note: This time interval (10.6 h) is an average from run 1, run 2, the control run (data from run

4 of Gränicher, Tapia, et al. (2020)) and a batch run (run C) (Table A.2, illustrated in Figure 5). For batch

run C, a delay of the virus release and the cell death was observed (Figure 5C-D). Overall, the maximum
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permittivity signal was determined between 24–48 hpi (Figure 5). We therefore suggest that this could

help to decide on harvesting time. 

3.4 Economic analysis: Batch versus perfusion

To allow for an economic analysis,  data for cost  of  goods from end-to-end MVA production in batch

(average values for runs A, B and C) were compared to an end-to-end MVA production in perfusion

mode. Data from the perfusion cultivations 1 and 2 were used to estimate the average Virtot, and the

process time for the USP part (referred to as “Seed train” and “Cell culture” in Figure 6C). The data from

run 1 was used to estimate the costs regarding the DSP part (referred to as “Filtration and DNA digestion”

and “Chromatography” in Figure 6C), as only run 1 was integrating USP with DSP.

The capital expenditures (CAPEX), was 10% higher for the perfusion than for the batch process for the 1

L bioreactor scale (Figure 6A). Concerning the operating expenditures (OPEX), the value for the perfusion

process was overall 26% higher than for the batch process, which can be attributed to higher labor costs

required for operation of the perfusion system (Figure 6A). More specifically, for both batch and perfusion

systems, the highest costs came from the endonuclease used for DNA digestion (30–32%), followed by

costs for cell culture media (21–25%) and seed virus (13–27%) (Figure 6B). Costs for filters and SXC

membranes were between 5–17%. Overall, for the different production steps from the seed train to the

SXC, the batch and perfusion systems had similar cost per dose at the 1 L bioreactor scale, except for the

seed train and cell  culture step: here, costs for the batch system were about 5.2 and 3.5-fold higher,

respectively (Figure 6C). At the 1 L bioreactor scale, the perfusion process allowed to produce about 3.5-

fold more doses per year than the batch system (Figure 6D). This resulted in a 2.8-fold decrease of cost

per dose. At  the 1000 L scale,  42 and 147 millions of  doses are projected yearly  in  the batch and

perfusion systems, respectively. Targeting a defined number of doses per year, the perfusion system and

the batch system showed similar costs per dose (Figure 6E). Nevertheless, for the same bioreactor scale,

the operation of a perfusion system is always advantageous in terms of cost per dose (Figure 6D). At the

200 L scale, the cost per dose for a perfusion system is still 1.8-fold lower than for a batch process. More

details about the economic analysis are available in the Appendices.
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4 Discussion

Cell growth, CSVY and Pv (Figure 2) of the presented perfusion system were in the same range as in

previous experiments (Gränicher, Tapia, et al., 2020), with maximum values of 50 x 106 cells/mL, 55.4

TCID50/cell, and 2.53 x 1010 TCID50/L/day.

The total recovery for the perfusion and batch systems were similar (50.5% and 54.7%, respectively;

Figure  4A),  showing  that  the  intensified  perfusion  process  did  not  have  a  negative  impact  on  cell

clarification, host cell DNA removal and SXC. A total recovery of about 50–55% is in accordance with

results reported from other groups using other DSP processes. Recoveries of 61–63% for adenovirus

(Fernandes et al., 2013; Moleirinho, Silva, Alves, Carrondo, & Peixoto, 2020), 41% for MVA (Leon et al.,

2016),  52% for influenza virus (Kalbfuss,  Wolff,  Morenweiser,  & Reichl,  2007) and 20–60% for AAV

production (Moleirinho et al., 2020; Terova, Soltys, Hermans, De Rooij, & Detmers, 2018) were reported.

Successful application of membrane-based SXC for influenza virus, yellow fever virus, AAV, baculovirus,

hepatitis  C  virus,  and  Orf  virus  purifications  have  been  reported  (Lothert,  Offersgaard,  et  al.,  2020;

Lothert, Pagallies, Feger, Amann, & Wolff, 2020; Lothert, Sprick, et al., 2020; Marichal-Gallardo, 2019;

Marichal-Gallardo et al., 2021). This suggests that the integrated process established here may also be

transferrable to other virus manufacturing processes (Bissinger et al., 2021). The short purification cycles

of the SXC method (of about 40 min) allowed to greatly simplify the semi-continuous purification process.

In addition, the less complex bind-elute steps in single-column SXC requires fewer optimizations than

conventional multi-column chromatography trains (Gerstweiler, Bi, & Middelberg, 2021; Patil & Walther,

2018).

Clarification steps are particularly challenging due to the large size of MVA virions (250–350 nm). Here, a

depth filtration efficiency of 59.8–81.6% (Figure 2) was observed for batch and perfusion systems, and

depth filtration was the main cause for the reduction of process yields. Similar findings were reported for

large scale manufacturing of vaccinia viruses with depth filters with < 5 µm pore size (Leon et al., 2016;

Ungerechts et al., 2016). Other publications reported recoveries of 85–90% when using polypropylene

depth filters with pore sizes of 0.45–0.60 µm after a centrifugation step, or from the supernatant of an

adherent cell culture for smaller viruses such as adenovirus (Fernandes et al., 2013), hepatitis C virus-like
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particles (Xenopoulos, 2015) or influenza virus (Bernd Kalbfuss et al., 2007). Recoveries up to 74% for

clarification of vaccinia virus raw material (centrifuged cell  lysate and 1:5 diluted in 0.5 M ammonium

sulfate  and  3  M NaCl)  with  0.8  µm cellulose  acetate  filter  were  also  reported  (Vincent,  2017).  The

polypropylene material used here for depth filtration seems well suited for clarification of virus-containing

supernatants and is relatively inert (Besnard et al., 2016; Cherradi et al., 2018) with a surface tension

energy lower than other common material  such as polyethylene, polyethylene sulfone or polystyrene

membranes (Fenouillot, Cassagnau, & Majesté, 2009; Kim, Rana, Matsuura, Chung, & Khulbe, 2010). In

addition, this material largely prevents electrostatic interaction with virus particles (MVA carries a high

negative charge at neutral pH (Michen & Graule, 2010)) in contrast to diatomaceous earth, which is a

standard material used for depth filtration (lower recovery observed, data not shown) (Besnard et al.,

2016; Cherradi et al., 2018). In addition, the adjustment of appropriate salt concentrations also improved

yields  in  depth  filtration  (section  2.3.1,  data  not  shown).  This  corresponds  to  previous  findings  that

demonstrated  that  salt  addition  reduced  the  interaction  of  virus  particles  with  cell  debris  and  DNA

(Hughes et al., 2007; Jordan et al., 2015) and suppressed the aggregation of viral vectors (Wright et al.,

2005).

Host cell DNA is one of the most critical and persistent contamination in virus particle purification. An

inline  endonuclease  treatment  step  efficiently  reduced host  cell  DNA levels  before  subsequent  SXC

purification. The use of chaotropes for efficient DNA digestion was also essential, as it helped to separate

DNA from the surface of viral particles (Jordan et al., 2015). A host cell DNA reduction of around 500-fold

was needed for the perfusion process established here (Figure 3B) in order to meet the requirements

typically set by regulatory authorities (<10 ng/dose). The establishment of this novel continuous inline

DNA digestion step was inspired from the use of plug flow reactors with immobilized enzymes (Pitcher,

1978), and resulted in an over 10’000-fold reduction of DNA (Figure 3B). Unlike chemostats, plug flow

reactors allow a narrow distribution of the residence time.

The perfusion rate was controlled via estimation of the VCC by an online capacitance probe (Figure 4).

Similar findings were reported by Nikolay et al. (2018) for a different avian cell line. It thus seems that this

technique is a versatile method (Nikolay et al., 2020; Wu et al., 2021) as long as the diameter of the cells
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remains  constant  during  the  time  course  of  cultivations.  There  are  several  options  to  correlate  the

permittivity signal with the VCC (Cannizzaro, Gügerli, Marison, & von Stockar, 2003). For our case, a

simple  linear  regression  between the permittivity  signal  and  the  offline  VCC was precise  enough to

determine the VCC during the cell growth phase. During the virus production process, the time of MVA

release (term defined in section 2.2.2) could be determined with Δεmax or offline VCC with a precision of

about  ± 4 h, over four different runs in perfusion or batch mode (Figure 5). The use of  Δεmax was more

accurate than offline VCC due its higher measurement frequency. Previous publications already used the

permittivity signal to correlate with the optimal time of harvest of measles virus (Grein et al., 2018) and

AAV in a baculovirus expression system (Negrete et al., 2007). Petiot et al. (2017) used Δεmax and critical

frequency (Fc) values to determine changes in  Cm and σi values over the virus infection for different

enveloped (e.g. lentivirus, influenza virus) and non-enveloped viruses (reovirus) to monitor the status of

the  virus  infection  phase.  In  our  case,  monitoring  of  Fc,  Cm and  σi did  not  lead  to  clear  results

(Appendices). More cultivations should be performed to infer about a correlation between the permittivity

signal and MVA release for perfusion and batch systems (Figure 5 and Appendices, Table A.2). This is in

particular important for perfusion processes, were the time of significant virus accumulation needs to be

identified  for  initiation  of  subsequent  process steps,  i.e.  chromatographic  purification.  Furthermore,  it

would support the establishment of robust processes following the guidelines of the PAT initiative (FDA,

2004).

In order to assess the benefit of integrated perfusion processes, an economic analysis was performed

using SuperPro designer software. Based on the results shown in Figure 6, the cost per MVA dose could

be reduced by a factor of 2.8 for production of MVA in perfusion mode at the 1 L scale, compared to the

batch  system.  Advantages  of  perfusion  systems  were  already  shown  for  USP  in  MVA  production,

although without  cost  evaluation (Gränicher,  Tapia,  et  al.  2020).  Although operation of  the perfusion

system is more labor intensive, the cost per dose was lower as the production capacity increased by a

factor of 3.5 (1 L scale). Furthermore, the seed train costs were decreased as fewer bioreactor runs per

year need to be performed (Figure 6). Costs were mainly reduced for the seed train and USP (Figure 6C),

similarly to what was observed for AAV (Cameau et al., 2019) and lentivirus manufacturing (Comisel et

al., 2020). Higher costs for seed virus for perfusion over batch processes were estimated (Figure 6B), as
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cultures are infected at a higher VCC and, to keep the MOI, more virus is needed (>  10-fold; section 2.2).

Nevertheless, process time was not drastically prolonged (Appendices). The cell culture media cost was

not higher for the perfusion system (Figure 6B) because the CSPR was kept to a minimum and, although

the perfusion cultivations need higher media volumes, more virus can be produced than in batch. As also

observed in AAV manufacturing, the establishment of intensified USP systems has little impact on the

DSP cost per dose (Cameau et al., 2019), although the chromatography method used was different for

the both cases. Concerning raw materials and consumables costs, the significant costs for DNA digestion

could be further reduced by optimizing the endonuclease treatment step in the future. Finally, the low

costs of the SXC purification step led to a very low contribution to the overall  consumable stocks, in

contrast  to other  DSP techniques that  required expensive resins or coated surfaces (Comisel  et  al.,

2020).

So far, few studies have addressed bioprocess economics for production of viral vectors (Cameau et al.,

2019; Comisel et al., 2020) or virus-like particles (Chuan, Wibowo, Lua, & Middelberg, 2014). For all of

them, using suspension cell culture in batch mode appeared to be the most cost-effective option. Here,

suspension cell culture in perfusion mode is presented as an additional option to further reduce costs.

Although for a fixed amount of MVA doses per year the perfusion system would not decrease the costs

per dose compared to batch, the CAPEX is not the same across scales for batch and perfusion systems.

For example, a 200 L batch bioreactor is predicted to produce as much as a 50 L perfusion bioreactor

(7.6–8.4 x 106 doses per year).  While the cost per dose is not reduced for the perfusion system, the

CAPEX is about 1.2-fold lower resulting in a faster return of investments (Appendices). In addition, the

use of perfusion systems is always advantageous for the same bioreactor scale (Figure 6), which might

be of  interest  for  modification of  existing virus  manufacturing plants  towards  an increase of  product

output.

As an outlook, the recovery of the integrated process could be further increased by optimizing the first

depth filtration step, as this resulted in the most significant drop in virus titers (Figure 3A). For instance,

depth filters with larger pore sizes could be added before the used depth filter,  in order to remove more

efficiently large cell debris without product retention. The concentration of the salt used as a chaotropic
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agent could also be re-evaluated.  Indeed, an increase in the ionic strength might  decrease the zeta

potential of the membrane below a critical value. As a result, the electrostatic repulsion between the feed

and the membrane could be decreased resulting in membrane fouling, unspecific product adsorption or

aggregation of flocs that may also contain virus particles (Breite, Went, Prager, & Schulze, 2016; Lukasik,

Scott, Andryshak, & Farrah, 2000).

In conclusion, an integrated perfusion process for MVA production has been established with a minimum

of clarification and purification steps. An overall  product recovery of 50.5% was achieved, allowing to

increase the STY by 600% compared to a batch system operated at the same scale. This was mainly due

to the fact, that the virus production phase could be kept constant for both processes. Furthermore, the

observed  purification  performance  of  membrane-based  SXC  was  not  hampered  due  to  cell  culture

process intensification. The use of an online capacitance probe allowed the control of the perfusion rate

during the cell growth phase and indicated the time of MVA release to initiate subsequent processing

steps. Finally, a detailed cost analysis, based on several runs performed in batch and perfusion mode,

indicated that the cost per dose in MVA production would be decreased by a factor of 2.8 if the system

would be operated in perfusion mode at the 1 L scale.
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Tables

Table 1: Process parameters used for continuous clarification and DNA digestion of bioreactor harvests after the
acoustic settler.

Parameter Cell culture
harvest

NaCl, NaBr
and KCl

NaN3 DENARASE®, diluted in PBS +
5% sucrose

MgCl2

Initial concentration - 6000 mM 6.2% v/v 1628 U/mL 176 mM
Final concentration - 700 mM 0.08% v/v 37 U/mL 4 mM
Point of addition a) B1 B1 B1 B2 B2
Flow ratein [mL/h] 54.0 7.5 0.8 1.5 1.5
Flow rateout [mL/h] 62.3 62.3 62.3 65.3 65.3

a) Bottle names according to the scheme shown in Figure 1.

Table 2: Parameters used to calculate the recovery of each filtration or DNA digestion step in perfusion mode.

Recovery [%] a) Average infectious virus titer between tn-1 and tn

before the step
Average infectious virus titer between tn-1 and tn

after the step

Acoustic settler filtration b) Bioreactor supernatant Bottle B1 c)

Depth filtration Bottle B1 c) Bottle B2 c)

DNA digestion Bottle B2 c) Bottle B3 c)

Final filtration Bottle B3 c) Bottle B4 c)

a) The recovery is calculated as the ratio of the average titer after and before the step.
b) Ratio for the settler filtration recovery calculated similarly to the sieving coefficient calculated for recombinant protein perfusion
cultures (S. Wang et al., 2017).
c) Bottle names according to the scheme shown in Figure 1.
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Figure legends

Figure 1: Scheme of an integrated process for cell culture-based virus production in perfusion mode. The integrated
MVA production is separated in three main steps, separated by grey vertical dotted lines: 1) Virus production in
perfusion  mode  using  an  acoustic  filter,  2)  cell  clarification  and  DNA  digestion,  and  3)  steric  exclusion
chromatography  (SXC)  as  a  series  of  bind-elute  steps.  MVA  is  produced  using  AGE1.CR.pIX  cells  grown  in
suspension in a stirred tank bioreactor. To achieve high cell concentrations, the cells are retained in the bioreactor
while cell free medium is continuously harvested through the acoustic chamber controlled by the SonoSep control
unit (acoustic filter as perfusion system). To allow a constant bioreactor working volume and weight, fresh medium is
added into the bioreactor through a peristaltic pump controlled by a scale. During the cell growth phase, the harvest
flow rate is controlled based on the estimation of the viable cell  concentration using a capacitance sensor. After
infection,  a  decrease in  the  permittivity  signal  indicates  virus  particle  release,  and  initiates  cell  clarification  and
subsequent chromatography steps. The harvest containing MVA (which was first cell clarified through the acoustic
settler) is collected into bottle B1. Salt and sodium azide (NaN3) are added to bottle B1 as well. The virus harvest is
then continuously  filtered through a polypropylene depth filter  with 0.45  μm pore size (Filter  1).  For continuous
endonuclease digestion (addition of  endonuclease and magnesium chloride (MgCl2)  in bottle  B2),  the harvest is
incubated into a plug-flow reactor (indicated with the coiled red tube) at 37°C with a residence time of 4 h. The
endonuclease-digested product is continuously collected into bottle B3. After another filtration step using cellulose
acetate depth filter with 0.45 µm pore size (Filter 2), the harvest is collected into bottle B4 at 4°C. An ÄKTA Pure 25
system is used to purify the virus harvest using membrane-based SXC operated in a semi-continuous bind-elute
mode; the composition of buffer solutions (including buffer solution with PEG) used in purification are described in
section 2.3.3. Finally, purified MVA is collected into 50 mL tubes (not illustrated). The color of the horizontal arrow
going from red to green illustrates the stepwise purification of the MVA and the removal of contaminating host cell
DNA.

Figure 2: MVA production in AGE1.CR.pIX cells in perfusion and in batch mode (stirred tank bioreactor, CD-U5
medium). (A) Viable cell concentration (●) and cell viability (▲), (B) total number of infectious virions produced (●)
and recovery coefficient (from the acoustic settler filtration step) (▲), (C) cell-specific infectious virus yield and (D)
volumetric virus productivity (for infectious virions). The black, red and blue colors correspond to run 1, run 2 (one
replicate) and the batch runs (average from runs A-C, in triplicate), respectively. The error bars on graphs C and D
correspond to the standard deviation of the batch runs performed in triplicate.

Figure  3: Product  recovery  and  impurity  removal  of  the  different  purification  steps  for  the  integrated  batch  or
perfusion processes. (A) Percentage recovery of the total number of infectious virions of individual process steps, (B)
level of host cell DNA per dose, and (C) level of total protein per dose of the integrated batch processes (grey) and
the integrated perfusion run 1 (red). To estimate contamination levels, a MVA dose input of 1.43 x 108 TCID50 was
assumed  (see  section  2.4).  The  MVA  raw  material  for  steric  exclusion  chromatography  was  purified  in  semi-
continuous mode, as described in section 2.3.3. Error bars of the batch process correspond to the standard deviation
of triplicate runs, as described in section 2.4. Error bars of run 1 correspond to the standard deviation of the yields for
continuous harvesting between 36 and 87 hpi (time intervals between samples < 14 h), as described in section 2.4.

Figure 4: Online monitoring of cell concentrations using a capacitance probe for process automation and control
during the growth phase of run 1 (AGE1.CR.pIX cells grown in perfusion mode using an acoustic filter). Offline (●)
and online (black line) viable cell concentration, cell-specific perfusion rate (▲). The cell factor (described in section
2.2.2) converting the permittivity signal to a viable cell concentration was equal to 0.57.

Figure 5: Online monitoring of a capacitance probe for process automation and control during MVA production using
suspension AGE1.CR.pIX cells. (A) Maximum permittivity signal (Δεmax; solid line) and offline viable cell concentration
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(●) for three cultivations in perfusion mode (run 1= black, run 2= red, data from run  4 of Gränicher, Tapia, et al.
(2020) = grey). (B) Infectious virus titer in the bioreactor supernatant for three cultivations in perfusion mode (run 1=
black, run 2= red, data from run 4 of Gränicher, Tapia, et al. (2020) = grey). (C) Maximum permittivity signal (Δεmax;
solid line) and offline viable cell concentration (●) for one cultivation in batch (run C). (D) Infectious virus titer in the
bioreactor supernatant for one cultivation in batch mode (run C). The vertical lines (for each run in the respective
color) correspond to the expected time of MVA release in the supernatant, which is on average 10.6 h after the
maximum permittivity signal (between 12 and 36 h post infection for perfusion and between 24 and 48 h post infection
for batch). This time interval of 10.6 h was determined based on the optimal time of virus harvesting for a perfusion
process (which is the time of MVA release, corresponding to the time when about 8 to 10% of the total number of
infectious virions  was released from the infected cells), as described in section 2.2.2. The cell factor (described in
section 2.2.2) used to convert the permittivity signal to an online viable cell concentration was equal to 0.57, 0.65 and
0.44 for run 1, run 2 and the perfusion control run, respectively.

Figure 6: Economic analysis for an end-to-end production of MVA using AGE1.CR.pIX cells cultivated either in batch
or in perfusion mode. (A) CAPEX and OPEX of a batch or a perfusion process at the 1 L scale operated over 47
weeks per year. (B) Raw material and consumables costs in batch and perfusion at the 1 L bioreactor scale. (C)
Contribution of the seed train, cell culture, filtration plus DNA digestion and chromatography (SXC) steps on the cost
per dose for batch (grey) or perfusion (red), at the 1 L scale (full) or at the 10 L scale (dashed). (D) Cost per dose
(solid line) and number of annually produced doses (dotted line) as a function of the bioreactor scale (1, 10, 50, 200
and 1000 L working volume) for the batch (black) or the perfusion process (red). (E) Cost per dose as a function of
the number of annually produced doses. A MVA dose input of 1.43 x 108 TCID50 was considered for graphs C, D and
E. For the economic analysis, the SuperPro designer software was used (section 2.5). Average data from runs A-C
were used to estimate the costs for an integrated batch process. Average data from runs 1-2 were used to estimate
the costs regarding the “Seed train” and the “Cell culture” (C) for the perfusion process. Finally, the data from run 1
were used to estimate the costs of DSP, i.e. “Filtration and DNA digestion” and “Chromatography” (C), as only run 1
was integrating USP with DSP for the perfusion mode.
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Appendices

Material and methods: illustration of an integrated perfusion process

Figure A.1: Picture of the process set-up, separated into three parts by red dashed vertical lines as shown in the
scheme of Figure 1: 1) Virus production in the bioreactor (Biostat system coupled to an acoustic settler),  2) cell
clarification and DNA digestion and 3) steric exclusion chromatography with an ÄKTA Pure 25 system operated in
bind-elute mode. The plug flow reactor used for continuous DNA digestion at 37°C with a retention time of 4 h is
located in the incubator,  indicated by the orange square on the left  side of the picture.  The yellow color of the
bioreactor and the bottles is due to the GFP protein expressed by the AGE1.CR.pIX cells after infection with the
recombinant MVA.

SXC

SXC purification was optimized through a design of experiment (DoE) approach (Table A.1). Based on 10

randomized runs, a surface response was generated. The starting material consisted of a pooled harvest

of a perfusion run (run 4 from a previous study (Gränicher, Tapia, et al., 2020); performed as described in

section 2.2.2), that was clarified and endonuclease treated as described in section 2.3. The infectious

virus titer of the pooled harvest was equal to 4.05 x 108 TCID50/mL. The endonuclease treatment step was

required as preliminary results showed a strong co-elution of host cell DNA with virus particles and a

decrease in recovery (data not shown). As a result, the DNA content was far beyond the 10 ng/dose limit

imposed by the authorities. The PEG molecular weight, the membrane surface, the membrane material

and the salt concentration were not modified.

Table A.1: Design space for optimization of steric exclusion chromatography.

Parameter Lower
range

Middle
range

Upper
range

PEG concentration [% w/v] 6 8 10
System flow rate [mL/min] 2 5 8

Capacitance probe measurements
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Figure A.2:  Additional capacitance probe data  for process automation and control during MVA production using
AGE1.CR.pIX cells in perfusion mode. (A) Critical frequency (Fc), (B) membrane capacitance (Cm; solid line) and
intracellular conductivity (σi; dotted line) and (C) viable cell diameter for three cultivations in perfusion mode (run 1=
black, run 2= red, data from run 4 of Gränicher, Tapia, et al. (2020) = grey). ). The vertical lines (for each run in the
respective color) correspond to the expected time of MVA release in the supernatant, which is on average 10.6 h
after  the  maximum permittivity  signal  (between  12  and  36  h  post  infection).  This  time  interval  of  10.6  h  was
determined based on the optimal time of virus harvesting for a perfusion process (which is the time of MVA release,
corresponding  to the time when about 8 to  10% of the total number of infectious virions  was released from the
infected cells), as described in section 2.2.2. The cell factor (described in section 2.2.2) converting the permittivity
signal to the viable cell concentration was equal to 0.57, 0.65 and 0.44 for run 1, run 2 and the perfusion control run,
respectively.

A  range  of  0.8–1.8  µF/cm2 for  Cm and  3.5–11.0  mS/cm  for  σi were  obtained  (Figure  A.2),  which

corresponds to the range of other Cm and σi values reported for human cell lines or CHO cells (Afshar et

al.,  2019; Labeed, Coley, & Hughes, 2006; Petiot et al.,  2017; Zimmermann et al.,  2008). Higher Fc

values were observed for the batch system (Figure A.3) compared to the perfusion system (Figure A.2C),

which  could  be  eventually  explained  by  a  different  geometry  of  the  bioreactor,  leading  to  a  closer

proximity of the capacitance probe with the metallic part of the bioreactor.

Figure A.3: Additional  capacitance probe data  for process automation and control  during MVA production using
AGE1.CR.pIX cells in batch mode. Critical frequency (Fc) for one cultivation in batch mode (run C). ). The vertical
lines (for each run in the respective color) correspond to the expected time of MVA release in the supernatant, which
is on average 10.6 h after the maximum permittivity signal (between 12 and 36 h post infection for perfusion and
between 24 and 48 h post infection for batch). This time interval of 10.6 h was determined based on the optimal time
of virus harvesting for a perfusion process (which is the time of MVA release, corresponding to the time when about 8
to  10% of  the total number of infectious virions  was released from the infected cells), as described in section
2.2.2.

Table A.2: Critical time points used to predict the onset of virus release, using the capacitance probe.

Parameters Run 1 Run 2 Control run Batch run C

Time of maximum Δεmax [hpi] a) 25.4 34.2 22.1 46.9
Time of expected virus release [hpi] b) 36.0 44.8 32.7 57.5
Time of measured virus release [hpi] c) 40.0 41.0 35.5 54.5

Calculated percentage of harvested virions
after the expected virus release [%]

93.4 81.1 94.8 84.8 d)

hpi: Hours post infection, Δεmax: Maximum permittivity signal, Fc: Critical frequency.
a) Value considered between 12 and 36 hpi for runs 1–2 and the control run. Due to the major delay in term of virus release and cell
death, the range was set between 24 and 48 hpi for the batch run C.
b) Value considering the maximum permittivity signal plus 10.6 h.
c) Considering the frequency of virus sampling (section 2.2), the time of virus release was rounded up to every 0.5 h.
d) For the batch run C, the totality  of  the batch was harvested at the end of the run (as there is no continuous harvest).  The
presented value indicates here the percentage of virus released in the supernatant after the expected virus time release.
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Economic analysis

The detailed economic report for MVA production is shown for each bioreactor scale (from 1 to 1000 L;

Tables A.3–5) in batch or in perfusion mode. In addition, the economic report for the seed train generation

is also shown here (Tables A.6–7).

Table A.3: Material and consumable costs per unit.

Material or consumable Unit Price per unit [$] Source

AGE1.CR.pIX cells: Seed cells for 1 L bioreactor a) mg of dry weight 66.70 Table A.7
AGE1.CR.pIX cells: Seed cells for 10 L bioreactor a) mg of dry weight 12.24 Table A.7
AGE1.CR.pIX cells: Seed cells for 50 L bioreactor a) mg of dry weight 2.44 Table A.7

AGE1.CR.pIX cells: Seed cells for 200 L bioreactor a) mg of dry weight 0.92 Table A.7
AGE1.CR.pIX cells: Seed cells for 1000 L bioreactor a) mg of dry weight 0.30 Table A.7

NaOH 0.55 M (liquid) kg 0.27 Molbase.com
Air kg 0.01 b) SuperPro Designer

Carbone dioxide kg 2.00 Molbase.com
Oxygen kg 0.01 b) SuperPro Designer

CD-U5 medium (liquid) kg 44.00 Biochrom-Merck
Seed virus (MVA.CR19-GFP) mg of virus c) 35444.00 Model on SuperPro Designer

PBS (liquid) kg 0.12 Molbase.com
KCl (solid salt) kg 3.00 Molbase.com

NaBr (solid salt) kg 3.00 Molbase.com
NaCl (solid salt) kg 8.00 Molbase.com

NaOH (solid salt) kg 1.26 Molbase.com
Sodium azide 6.2% (liquid) kg 0.15 Molbase.com

MgCl2 (solid salt) kg 0.08 Molbase.com
DENARASE (endonuclease in liquid) mg d) 499.50 c-Lecta

Water (liquid) kg 0.10 SuperPro Designer
PEG 7.2% w/v in PBS (liquid) kg 1.07 Sigma

Depth filter cm2 0.15 Sartorius AG
Microfilter cm2 0.45 Sartorius AG

Cellulose membrane for chromatography cm2 0.09 GE Healthcare
Shake flask (maximum 1000 mL working volume) 1 item 1.80 SuperPro Designer

a) These costs were included in the “Seed train” costs of Figure 7C, and reported according to Table A.7
b) Negligible costs as air and oxygen gas supply already included in the plant (CAPEX costs).
c) One TCID50 was considered as one infectious MVA particle, which has a mass of about 7.9 fg (Johnson, Gupta, Ghafoor, Akin, &
Bashir, 2006).
d) 1 mg approximated to a volume of 1 mL, with an activity of 250 endonuclease U/µL according to manufacturer (https://www.c-
lecta.com/products-services/products/denarase/)
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Table A.4: Economic analysis for MVA production at the 1, 10, 50, 200, and 1000 L bioreactor scale in batch mode.

Parameters 1 L 10 L 50 L 200 L 1000 L

Batches per year [Batch/year] 53 53 53 53 53
Yearly produced doses [104 Doses/year] a) 4 43 215 842 4210

Cost per dose [$/dose] a) 63.60 7.66 1.87 0.77 0.45
Operating time for one integrated run [h] 173 173 173 173 173

Capital expenditure
Bioreactor and gas system [k$] b) 576 576 576 614 750

Acoustic settler [k$] 14 14 150 150 600
Filtration equipment b) 50 50 50 50 59

Chromatography equipment b) 186 208 337 698 2706
Other equipment such as intermediate tanks b) - - - - -

Direct fixed capital costs [k$] b) c) 4948 5043 6522 8366 21292
Capital expenditure (Total) [k$] b) 5341 5447 7035 9078 23232

Operating expenditure
Seed train, dry weight AGE1.CR.pIX [k$/year] 523 961 957 1417 2310

NaOH 0.55 M (liquid) [$/year] 1 3 15 58 291
Air [$/year] 1 1 1 1 1

Carbone dioxide [$/year] 4 37 185 727 3635
Oxygen [$/year] 1 1 1 1 1

CD-U5 medium (liquid) [$/year] 2332 23320 116600 457600 2288000
Seed virus (MVA.CR19-GFP) [$/year] 1484 1480 74202 291208 1456040

PBS (liquid) [$/year] 18 177 885 3451 17244
KCl / NaBr / NaCl (solid salt) [$/year] 12 113 561 2203 11014
Sodium azide 6.2 % (liquid) [$/year] 0 0 0 0 0

NaOH (solid salt) [$/year] 58 581 2904 11282 56355
MgCl2 (solid salt) [$/year] 1 2 10 40 197

DENARASE (endonuclease in liquid) [$/year] 3647 36474 182368 715709 3578546
Water (liquid) [$/year] 9 93 464 1802 9003

PEG 7.2% w/v in PBS (liquid) [$/year] 44 437 2185 8490 42408
Depth filter [$/year] 586 5863 29315 115046 575229
Microfilter [$/year] 1338 13376 66879 262470 1312352

Cellulose membrane for chromatography [$/year] 1836 18365 91823 356756 1781980
Labor costs [k$/year] b) d) 1098 1098 1101 1090 1139

Facility-dependent costs [k$/year] b) 932 950 1228 1577 4017
Quality control / Quality assurance (QC/QA) costs [k$/year] b) 165 165 165 163 171

Operating expenditure (Total) [k$/year] 2729 3287 4021 6476 18779
a) One MVA dose is equal to 1.43 x 108 TCID50.
b) Calculated with SuperPro Designer.
c) Includes: Total plant direct costs (Equipment purchase, installation, process piping, instrumentation, insulation, electrical, 
buildings, yard improvement, auxiliary facilities), Total plant indirect costs (Engineering, construction) and contractor’s fee & 
contingency.
d) Labor costs were determined with an average operator salary of 69$/hour.
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Table A.5:  Economic analysis for MVA production at the 1, 10, 50, 200, and 1000 L bioreactor scale in perfusion
mode.

Parameters 1 L 10 L 50 L 200 L 1000 L

Batches per year [Batch/year] 31 31 31 31 31
Yearly produced doses [104 Doses/year] a) 15 152 758 3033 14674

Cost per dose [$/dose] a) 22.63 2.72 0.80 0.43 0.33
Operating time for one integrated run [h] 274 274 274 274 274

Capital expenditure
Bioreactor and gas system [k$] b) 576 576 576 613 748

Acoustic settler [k$] b) 14 14 150 150 600
Filtration equipment b) 50 50 50 50 88

Chromatography equipment b) 182 203 332 698 2744
Other equipment such as intermediate tanks b) 77 77 77 77 77

Direct fixed capital costs [k$] b) c) 5392 5487 6915 8773 21804
Capital expenditure (Total) [k$] b) 5874 6003 7639 10082 26384

Operating expenditure
Seed train, dry weight AGE1.CR.pIX [k$/year] 354 649 647 976 1539

NaOH 0.55 M (liquid) [$/year] 0 0 0 0 0
Air [$/year] 1 1 1 1 1

Carbone dioxide [$/year] 786 7865 39324 157295 761104
Oxygen [$/year] 1 1 1 1 1

CD-U5 medium (liquid) [$/year] 10432 104318 521589 2086356 10095723
Seed virus (MVA.CR19-GFP) [$/year] 11295 112953 564765 2259059 10930930

PBS (liquid) [$/year] 23 221 1102 4407 21236
KCl / NaBr / NaCl (solid salt) [$/year] 29 293 1467 5866 28384

Sodium azide 1 2 10 41 197
NaOH (solid salt) [$/year] 122 1220 6099 24396 117575
MgCl2 (solid salt) [$/year] 1 2 10 40 197

DENARASE (endonuclease in liquid) [$/year] 12759 127589 637943 2551770 12347275
Water (liquid) [$/year] 19 195 974 3898 18784

PEG 7.2% w/v in PBS (liquid) [$/year] 211 2107 10533 42130 203501
Depth filter [$/year] 558 5582 27908 111633 540162
Microfilter [$/year] 1418 14179 70895 283579 1372158

Cellulose membrane for chromatography [$/year] 3857 38572 192859 771435 3717819
Labor costs [k$/year] b) d) 1756 1756 1757 1758 1711

Facility-dependent costs [k$/year] b) 1016 1034 1303 1654 4116
Quality control / Quality assurance (QC/QA) costs [k$/year] b) 263 263 263 264 257

Operating expenditure (Total) [k$/year] 3431 4117 6046 12957 47793
a) One MVA dose is equal to 1.43 x 108 TCID50.
b) Calculated with SuperPro Designer.
c) Includes: Total plant direct costs (Equipment purchase, installation, process piping, instrumentation, insulation, electrical, 
buildings, yard improvement, auxiliary facilities), Total plant indirect costs (Engineering, construction) and contractor’s fee & 
contingency.
d) Labor costs were determined with an average operator salary of 69$/hour.
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Table A.6: Economic analysis for the AGE1.CR.pIX N-1 seed train generation across the scales.

Parameters
N-1 for

1 L
bio. a)

N-1 for
2 L

bio. a)

N-1 for
5 L

bio. a)

N-1 for
10 L
bio.

N-1 for
20 L
bio.

N-1 for
50 L
bio.

N-1 for
100 L
bio.

N-1 for
200 L
bio.

N-1 for
1000 L

bio.

Cell culture working volume [L] 0.1 0.2 0.5 1.0 2.0 5.0 10.0 20.0 100.0
Batches per year [Batch/year] 53 53 53 53 53 53 53 53 53

Yearly produced cells [kg of dry
weight/year] b) 15 30 74 148 296 741 1482 2964 14819

Cost per mg of cells [$/mg of dry
weight]

66.70 33.36 13.36 5.57 2.79 1.33 0.68 0.36 0.11

Operating time for one run [h] 96 96 96 96 96 96 96 96 96
Capital expenditure

Bioreactor and gas system [k$] 100 100 100 100 100 233 241 283 666
Direct fixed capital costs [k$] c) d) 622 622 622 622 622 1407 1459 1703 3977

Capital expenditure (Total) [k$] c) 740 740 740 740 740 1566 1622 1882 4296
Operating expenditure d) e)

Air [$/year] - - - - - 1 1 1 1
Carbone dioxide [$/year] 1 1 2 4 8 19 37 74 370

Oxygen [$/year] - - - - - - - - -
CD-U5 medium (liquid) [$/year] 233 466 1166 2332 4664 11660 23320 46640 233200

Shake flasks [$/year] 10 10 10 10 20 - - - -
Labor costs [k$/year] c) f) 614 614 614 614 614 614 615 615 616

Facility-dependent costs [k$/year] c) 117 117 117 117 117 265 275 321 749
Quality control / Quality assurance

(QC/QA) costs [k$/year] c) 92 92 92 92 92 92 92 92 92

Operating expenditure (Total) [k$/
year]

989 989 990 826 828 983 1005 1074 1692

a) As the N-1 step for inoculation is at a low volume scale (100–500 mL), the costs before the N-1 were included in the OPEX by an
increase of +20% of the actual calculated operational expenditure.
b) Calculated following the measured cell volume (measured with a ViCell XR), converted to dry weight using the volumetric weight
of 0.25 g dry weight / 1 mL cell volume. Value measured for a similar cell line, AGE1.HN (Niklas, Schräder, Sandig, Noll, & Heinzle,
2011).
c) Calculated with SuperPro Designer.
d) Includes:  Total  plant  direct  costs  (Equipment  purchase,  installation,  process  piping,  instrumentation,  insulation,  electrical,
buildings,  yard  improvement,  auxiliary  facilities),  Total  plant  indirect  costs  (Engineering,  construction)  and  contractor’s  fee  &
contingency.
e) For the calculation of the operating expenditure, the AGE1.CR.pIX cell culture seed train was here not taken into account but will
be taken into account in Table A.7 in order to consider the whole seed train from the shake flask to the final production bioreactor (at
the final scale of 1, 10, 50, 200 or 1000 L).
f) Labor costs were determined with an average operator salary of 69$/hour.
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Table A.7: Assumptions made for the generation of the full seed trains for AGE1.CR.pIX cells to inoculate the MVA
production bioreactor at a 1, 10, 50, 200, or 1000 L scale.

Seed train
step

Parameter 1 L 10 L 50 L 200 L 1000 L

N-4

Cell culture working volume at the N-4 step [L] - - - - 0.1
mg of cell dry weight needed at N-4 to generate 1 mg at final

scale [mg of dry weight]
- - - - 0.001

Costs at the N-4 step to generate 1 mg at final scale [$/mg of
dry weight at final scale]

- - - - 0.06

N-3

Cell culture working volume at the N-3 step [L] - - - 0.2 1.0
mg of cell dry weight needed at N-3 to generate 1 mg at final

scale [mg of dry weight]
- - - 0.01 0.01

Costs at the N-3 step to generate 1 mg at final scale [$/mg of
dry weight at final scale]

- - - 0.28 0.06

N-2

Cell culture working volume at the N-2 step [L] - 0.1 0.5 2.0 10.0
mg of cell dry weight needed at N-2 to generate 1 mg at final

scale [mg of dry weight]
- 0.1 0.1 0.1 0.1

Costs at the N-2 step to generate 1 mg at final scale [$/mg of
dry weight at final scale]

- 6.67 1.11 0.28 0.07

N-1

Cell culture working volume at the N-1 step [L] 0.1 1.0 5.0 20.0 100.0
mg of cell dry weight needed at N-1 to generate 1 mg at final

scale [mg of dry weight]
1 1 1 1 1

Costs at the N-1 step to generate 1 mg at final scale [$/mg of
dry weight at final scale]

66.70 5.57 1.33 0.36 0.11

From N-4
to N stage

Total costs of the seed train [$/mg of dry weight at final
scale] a) 66.70 12.24 2.44 0.92 0.30

a) These costs were used in Table A.2.
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